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ABSTRACT: Duckweed biomass is gasified in a thermochemical-based superstructure to produce gasoline, diesel, and kerosene
using a synthesis gas intermediate. The superstructure includes multiple pathways for conversion of the synthesis gas to liquid
hydrocarbons via Fischer−Tropsch synthesis or intermediate methanol synthesis. Low-temperature and high-temperature
Fischer−Tropsch processes are examined using both iron and cobalt based catalysts. Methanol may be converted to
hydrocarbons via the methanol-to-gasoline or methanol-to-olefins processes. The hydrocarbons will be refined into the final
liquid products using ZSM-5 catalytic conversion, oligomerization, alkylation, isomerization, hydrotreating, reforming, and
hydrocracking. A process synthesis framework is outlined to select the refining pathway that will produce the liquid fuels as the
lowest possible cost. A rigorous deterministic branch-and-bound global optimization strategy will be incorporated to theoretically
guarantee that the overall cost of the solution chosen by the synthesis framework is within a small fraction of the best possible
value. A heat, power, and water integration is incorporated within the process synthesis framework to ensure that the cost of
utility production and wastewater treatment are simultaneously included with the synthesis of the core refining processes. The
proposed process synthesis framework is demonstrated using four case studies which determine the effect of refinery capacity and
liquid fuel composition on the overall system cost, the refinery topological design, the process material/energy balances, and the
lifecycle greenhouse gas emissions.

1. INTRODUCTION

Biomass as a renewable energy source to produce liquid fuels has
generated great interests in academia, industry, and govern-
ment.1,2 Due to the CO2 uptake from the atmosphere during
biomass cultivation, biomass is considered as having high
potential to address and reduce the greenhouse gas (GHG)
emissions problem from the transportation sector, if harvested
sustainably. Combining biomass and fossil fuels such as coal and
natural gas has been seen as a way to produce more sustainable
liquid fuels.3,4 The produced fuels can replace or supplement
petroleum-based fuels such as gasoline, diesel, and jet fuel, and
the utilization of domestically available biomass will contribute
toward reducing the dependence on oil imports.
A major concern in the development of biomass as energy

source is its competition with the food chain.5 Fuels produced
from cellulosic biomass have been criticized for using arable land,
water resources, and increasing food prices. To circumvent this
problem, much research has focused on producing fuels from

lignocellulosic biomass that includes agricultural wastes (e.g.,
corn stover, bagasse, etc.), forest residues, or dedicated fuel crops
produced in nonarable land as raw materials.1,6−8 Alternatively,
aquatic biomass can bypass the issue on land use change.9

Aquatic biomass has higher photosynthetic efficiency and growth
rate than terrestrial biomass, making them an attractive energy
feedstock. Much attention on fuel production from aquatic
biomass has been given to microalgae. However, the major
challenges with microalgae systems include the high energy
required for harvesting and recovering dry algae from its aqueous
growing medium.9,10 The high cost of providing these biomass
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feedstocks consistently to a fuel producing facility for a long time
horizon remains a challenge that requires efforts to discover
cheaper ways to produce sustainable biomass.
Duckweed, a fast-growing, floating aquatic plant, can be a

potential solution to the aforementioned problems because it can
grow in wastewater streams.9−22 It can also be recovered more
easily from the growing medium using simple mechanical
separation processes that require lower energy compared to
microalgae. Duckweed is known to have high nutrients (e.g.,
nitrogen and phosphorus) uptake from its growing medium and
has been traditionally used to treat wastewater streams from
industrial wastes or landfill leachates.11,15,21 Nutrient recovery
using duckweed is practiced widely to clean wastewaters from
swine farms.12,15,19 Depending on the species type and its
growing condition, the harvested duckweed can have high
protein and/or starch contents, which can be advantageous for
the production of animal feed or ethanol, respectively.17,19

Research has shown that the starch and protein contents of
duckweed can be increased by manipulating the growing
conditions such as pH, phosphate concentration, and nutrient
starvation.18 Because of the starch content in duckweed, the
focus on duckweed-to-fuel conversion has been on ethanol
production.16−19,22 Few studies have been done on the
pyrolysis9,10,14,23 and hydrothermal processing13 of duckweed,
and no gasification-based, thermochemical conversions of
duckweed to liquid fuels has been investigated in the literature.
In this paper, we propose a fully automated optimization-based

process synthesis strategy for the thermochemical conversion of
duckweed to the liquid fuels gasoline, diesel, and kerosene via
synthesis gas intermediate. Recent developments in process
synthesis strategies for hybrid coal, biomass, and natural gas
(CBGTL) systems24−27 have shown that rigorous and computa-
tionally efficient methodologies exist to analyze thousands of
process designs simultaneously to extract the optimal process
design(s) and establish trade-offs among them. A process
synthesis strategy has also been developed for switchgrass and
natural gas to liquid systems,28 and a proprietary synthesis tool
has been developed for GTL systems by Shell Global Solutions.29

The input-output modeling relationships of all units within the
superstructure is incorporated into a large-scale mixed-integer
nonlinear optimization (MINLP) model. This model is solved to
global optimality using a rigorous deterministic branch-and-
bound global optimization approach26,30−33 to mathematically
guarantee the quality of the final solution chosen in the model.
The CBGTL superstructure and optimization framework has
been expanded and applied to biomass and natural gas to liquids
systems,34 gas to liquids systems,35 and biomass to liquids
systems using agricultural residues, forest residues, and switch-
grass.36 In this paper the framework will be adapted and applied
to duckweed biomass to investigate the profitability of using this
feedstock for thermochemical fuel production.
Key units within the refinery including duckweed gasification,

synthesis gas cleaning, hydrocarbon generation, and multiple
refining technologies are described. A pinch point method-
ology37 is incorporated into the process synthesis framework
combined with a series of heat engines24,38,39 to ensure the
simultaneous consideration of utility generation in the refinery. A
detailed wastewater network based on a superstructure
approach40−43 will both minimize the freshwater usage and the
wastewater contaminants for the refinery. Key topological
decisions that will be selected by the process synthesis framework
include (i) duckweed gasification with/without recycle synthesis
gas, (ii) synthesis gas conversion via Fischer−Tropsch (FT) or

methanol synthesis, (iii) hydrocarbon upgrading via ZSM-5
zeolite catalysis, olefin oligomerization, or carbon number
fractionation and subsequent treatment, and (iv) methanol
conversion via methanol-to-gasoline (MTG) or methanol-to-
olefins (MTO). Byproducts of liquefied petroleum gas (LPG)
and electricity may be sold from the refinery to help offset the
cost of the production of the three major liquid fuels. Four case
studies will illustrate the quantitative trade-offs of the investment
cost, the duckweed cost, the electricity cost, and byproduct resale
based on the capacity and target products from the BTL refinery.

2. DUCKWEED TO LIQUID FUELS PROCESS
SUPERSTRUCTURE: CONCEPTUAL DESIGN AND
MATHEMATICAL MODELING

This section will outline the conceptual design and mathematical
modeling of the key sections of the duckweed biomass to liquids
(BTL) refinery.24−27,35,36,38 For a more detailed description of
the process units and the superstructure, the reader is referred to
the paper by Baliban et al.36 The complete mathematical model,
all relevant nomenclature, and a complete set of process flow
diagrams are provided as Supporting Information. All relevant
thermodynamic information for the duckweed refinery was
computed in Aspen Plus v7.3 using the Peng−Robinson
equation of state with Boston-Mathias alpha function.

2.1. Duckweed Handling and Gasification. Duckweed is
assumed to be input to the BTL refinery, and the composition for
a representative duckweed species is shown in Table 1. The

balance of composition for the ultimate analysis is mineral
matter, which is assumed to behave similarly to ash within the
gasifier. The duckweed is assumed to be delivered to the refinery
and air-dried for two days prior to entry to the duckweed gasifier
to achieve an acceptable moisture content for the gasifier.
The process flow diagram for the synthesis gas generation is

shown in Figure 1. The duckweed is directly lockhopped into the
gasifier since the moisture content of the feed is below the
acceptable 20 wt % tolerance for the gasifier unit.45 Recycle CO2
at 31 bar is used as the carrier gas in the lockhopper with a flow
rate set to be equal to 10 wt % of the total biomass weight.46 The
biomass is carried to a high-pressure gasifier (30 bar) where it is
converted to a mixture of synthesis gas, C1−C2 hydrocarbons,
acid gases (e.g., NH3, H2S), tar, char, and ash,24,38 facilitated by
purified oxygen and steam, preheated to 800 °C. Steam is used
for the gasification of duckweed/char, reforming of C1−C2
hydrocarbons, and reforming of tar species. High-purity oxygen
is used to provide the heat needed for the reforming reactions
and to help crack the tar species in the gasifier. The oxygen
equivalence ratio (ER) is defined as the mass ratio of input
oxygen divided by the total amount of oxygen necessary for
complete combustion of the duckweed. The steam to duckweed

Table 1. Feedstock Proximate and Ultimate Analysis for
Duckweed44

proximate analysis (db, weight %) heating values (kJ/kg)

moist.(ar) ash VMa FCb HHVc LHVd

7.9 17.6 75.3 7.1 15157 13972
ultimate analysis (db, weight %)

C H N Cl S O

38.93 5.95 5.78 1.32 0.99 38.38
aVM = volatile matters. bFC = fixed carbon. cHHV = higher heating
value. dLHV = lower heating value.
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biomass ratio (SBR) is defined as the mass ratio of input steam
divided by the bone-dry weight of input duckweed. For this
study, the ER is varied between 0.2−0.4, and the SBR is varied
between 0.2−1.5 to allow for flexibility of gasifier operation
within the parameter space that was used to construct the gasifier
model.38 The mineral matter contained within the duckweed is
assumed to be removed along with the ash during slagging within
the gasifier. The solid ash, mineral matter, and char are separated
from the vapor phase using cyclones and are recycled back to the
gasifier. It is assumed that the recycle of char will effectively
provide a 100% conversion of the carbon in the duckweed to
vapor species, while the ash andmineral matter are removed from
the gasifier as slag.
The composition of the gasifier effluent is a function of the

duckweed composition, gasifier temperature, and oxidizer flow
rate, and a detailed mathematical model has been formulated to
determine the composition.24,38 The parameters associated with
eqs 1−10 were calculated using a parameter estimation
optimization model that minimized the difference between
several experimental gasifier outlets and that predicted by the
gasifier operating equations38 and are shown in Table 2. All of the
parameters are valid for a given gasifier unit u that is selected from
one of two different types which are based on the input of solid
feedstock only (BGS) or a combination of solid and vapor
feedstocks (BRGS). Equations 1−10 have been written using the
former gasifier (BGS) for reference, and similar constraints are
enforced for the latter gasifier with recycle.
Operation of the duckweed gasifier assumes that the effluent is

in equilibrium with respect to the water-gas-shift reaction (eq 1).
In eq 1, NBGS,BC1,s indicates the molar flow of species s from the
gasifier unit (BGS) to the first cyclone (BC1) and KBGS

WGS

represents the equilibrium constant for the water-gas-shift
reaction whose value is extracted from Aspen Plus v7.3. The
index s will represent the set of all species present in the
duckweed gasifier, namely the syngas components (H2, CO,
CO2), water, hydrocarbons (CH4, C2H2, C2H4, C2H6), nitrogen
species (N2, NH3, HCN, NO, N2O), sulfur species (H2S, COS),

char, or ash. The equilibrium constant is a function of the
operating temperature of the gasifier which is selected from a
discrete set of alternatives by the optimization framework. The
C1−C2 hydrocarbon species (SHC) are assumed to be present in
concentrations above their equilibrium values,38 so a restriction
on the extent of reaction of each hydrocarbon species is enforced
using eq 3. The C1−C2 hydrocarbons are generated during
pyrolysis of the duckweed species, which is based on the
constraint in eq 2. The species index sB in eq 2 represents the
duckweed biomass input to the gasifier, and the parameter PyrHC

represents the molar amount of hydrocarbon species s generated
per molar amount of duckweed species sB. Note that eq 2 also
includes all hydrocarbons that are input to the gasifiers from
additional source units u′ that are located throughout the
refinery. Given the initial amount of C1−C2 hydrocarbons that

Figure 1. Duckweed gasification flowsheet. Duckweed is transferred to the gasifier system via a lockhopper and compressed CO2. The gasifiers will
operate with either a solid fuel (duckweed) or a combination of solid and recycle gases as fuel. Residual ash, mineral matter, and char that are generated
within the gasifiers are separated via the cyclones and recycled to the gasifiers. The raw syngas is then transferred to a tar cracker to removemost of the tar
species in the vapor phase.

Table 2. Parameters Used for Operation of the Duckweed
Biomass Gasifiera

parameter value parameter value

mfu 0.10 nfu 0.9801
cf u,CH4

HC 0.6667 au,Char
1 5.002 × 10−3

cf u,C2H2

HC 0.6667 au,Char
2 0.2710

cf u,C2H4

H 0.6667 au,N2

1 −0.9437

cf u,C2H6

H 0.6667 au,N2

2 1.250 × 10−3

sru,NO/N O2
1.276 × 10−1 sf u,Ash 0.99

sru,HCN/NH3
3.590 × 10−2 hlu 0.01

sru,COS/H S2
1.0000 PyrCH4,Duckweed

HC 0.0678

PyrC2H2,Duckweed
HC 0.0002 PyrC2H4,Duckweed

HC 0.0206

PyrC2H6,Duckweed
HC 0.0009 Ku

WGS (800 °C) 1.0815

Ku
WGS (900 °C) 0.9137 Ku

WGS (1000 °C) 0.7849
aAll of the parameters are valid for a given gasifier unit u that is
selected from one of two different types which are based on the input
of solid feedstock only (BGS) or a combination of solid and vapor
feedstocks (BRGS).
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are present after pyrolysis (Ns
S,Calc), eq 3 denotes the amount of

hydrocarbon leaving the gasifier using a conversion fraction
(cf BGS,s

HC ) for each species s.

· − · ·

=

N N K N N

0

WGS
BGS,BC1,CO BGS,BC1,H O BGS BGS,BC1,CO BGS,BC1,H2 2 2

(1)

∑− · − ′ =
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′ ∈
N Pyr N N

s S

0s
S Calc

s s
HC

s
S

u UC
u s
S

HC

,
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( ,BGS)
,BGS,B B

(2)

− · = ∀ ∈N cf N s S0s s
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s
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HCBGS,BC1, BGS,
,

(3)

The nitrogen present in the feedstock will vaporize as N2, NH3,
HCN, NO, and N2O. The species ratio (sru) of NO to N2O is
determined using eq 4, and the ratio of NH3 to HCN is
determined using eq 5. The amount of nitrogen present in N2
andNH3 is set using a nitrogen fraction (nf u) parameter as shown
in eq 6. Finally, the fraction of nitrogen as NH3 is calculated using
eq 7.

− · =N sr N 0BGS,BC1,NO BGS,NO/N O BGS,BC1,N O2 2 (4)

− · =N sr N 0BGS,BC1,HCN BGS,HCN/NH BGS,BC1,NH3 3 (5)

∑
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Sulfur is completely decomposed into COS and H2. The species
ratio (sru) for sulfur will determine the relative amounts of the
two sulfur species (eq 8).

− · =N sr N 0BGS,BC1,COS BGS,COS/H S BGS,BC1,H S2 2 (8)

The char entrained in gasifier vapor is a function of the input
duckweed flow rate and the gasifier temperature and uses two
known coefficients (aBGS,Char) as described by eq 9. The ash that
is removed from the gasifier is based on a split fraction (sf BGS,Ash)
as modeled by eq 10.

− + · · =N a a T N( ) 0S
s

S
BGS,BC1,Char BGS,Char

1
BGS,Char
2

BGS BLK,BGS, B

(9)

∑− · ′ =
′ ∈

N sf N 0S

u UC
u
S

BGS,OUT ,Ash BGS,Ash
( ,BGS)

,BGS,AshASH

(10)

The heat loss in the gasifier is modeled to be a fraction (hl) of the
input dry lower heating value (LHV) of the duckweed (eq 11).

+ · · · =Q hl MW N LHV 0L
s s

S
sBGS BGS BLK,BGS,B B (11)

The logical selection of one duckweed gasifier temperature is set
using eq 12. The set UBGS defines the set of possible operating
temperatures from 800 °C−1000 °C. This temperature will
directly affect the extent of the water-gas-shift reaction, the
residual char, and the ratio of N2 to NH3. The remaining vapor

species compositions will be indirectly affected by the temper-
ature change through the constraints above. Equality is enforced
in eq 12 because there must be at least one operating temperature
in the duckweed BTL process. Though the operating temper-
ature of the gasifier may be above 800 °C, the syngas effluent
from the unit will always be output at a temperature of 800 °C to
ensure that a majority of the ash is removed from the gasifier as
slag.

∑ − =
∈

y 1 0
u U

u
BGS (12)

The high temperature of the gasifier unit will facilitate the
reverse water-gas-shift equilibrium of the synthesis gas effluent,
though the concentration of the hydrocarbons in the effluent will
be far above the equilibrium values. Using the reverse water-gas-
shift reaction, CO2 may be consumed within the gasifier unit by
reaction with H2 that is present within the gasifier. Therefore, any
CO2 that is generated by the process can be recycled to the
gasifier along with H2 that is produced from pressure-swing
adsorption or electrolysis of water.
The effluent of the gasifier is passed through a catalytic tar

reformer (825 °C), which will reform (i) tar species to CO and
H2, (ii) NH3 to N2 and H2, and (iii) C1−C2 hydrocarbons to CO
and H2. The current bench-scale performance of a tar reformer
from the National Renewable Energy Laboratory achieves a
conversion of 80% of the CH4, 99.6% of tars, 99% of C2H6, 90%
of C2H4, and 90% of NH3.

47 Equipment is currently being
installed for pilot-scale demonstration of the tar reformer
performing over a continuous period of time.48 The steam that
is present in the gasifier effluent is sufficiently high to reform the
syngas without the need of additional input steam.48 Heat for the
tar reformer is provided by circulating catalyst between the tar
reformer and a catalyst regenerator to remove the coke deposits
on the catalyst surface. The level of coke deposited on the catalyst
is insufficient to provide the heat needed for the endothermic
reforming reactions, so additional combustion gases are passed
through the regenerator.48 The syngas exiting the tar reformer is
cooled to 60 °C and passed to the cleaning section.

2.2. Synthesis Gas Cleaning. The syngas exiting the tar
cracker is directed to a cleaning section (Supplementary Figure
S2) which includes a scrubbing system to remove any residual tar,
particulates, and NH3, a dual-capture Rectisol system to co-
remove the H2S and CO2 from the syngas,46 and an optional
water-gas-shift reactor to either increase the H2/CO ratio of the
syngas via the forward water-gas-shift reaction or decrease the
CO2 concentration of the syngas via the reverse water-gas-shift
reaction. The water-gas-shift reactor operates at 28 bar and a
temperature between 400 °C−600 °C, and the decision to
incorporate this unit into the duckweed BTL refinery is
dependent on (i) the H2/(CO + CO2) ratio necessary for
syngas conversion, (ii) the amount of H2 that can be
economically extracted via pressure-swing adsorption, (iii) the
capital/operational costs associated with H2 generated from
electrolysis, and (iv) the lifecycle emissions requirement of the
refinery. If the forward water-gas-shift reaction takes place, then
CO2 will be generated which must be subsequently captured
from the syngas. The exothermic heat of reaction is removed via
steam generation. For the reverse water-gas-shift reaction to take
place, the inlet concentration of CO2 must be high (>0.5), and
this level of concentration may be achieved by recycling CO2
from the dual-capture Rectisol unit or the postcombustion
capture unit (Supplementary Figure S8). Additional hydrogen
from pressure-swing adsorption, electrolysis of water, or
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reformed gases from the autothermal reactor must be input, and
the oxygen is provided from air separation or electrolysis to
provide the heat necessary for the reverse water-gas-shift
reaction.
The Rectisol unit must be utilized to remove the sulfur species

to prevent poisoning of the catalysts used in the FT and
methanol synthesis reactors. The capture unit will remove 100%
of the H2S and 90% of the CO2 from the input gases.46 Three
moles of CO2 are entrained in the sulfur-rich stream for every
mole of H2S that is recovered. This stream is compressed to 1.1
bar and then passed to a Claus plant to recover solid sulfur. The
per-pass conversion of H2S and SO2 to solid sulfur is
approximately 95%,49 so the tail gas from the Claus process is
hydrolyzed to form H2S and is recycled back to the Rectisol unit.
This allows for 100% overall recovery of the sulfur from the
duckweed BTL refinery. The pure CO2 leaves the Rectisol unit at
25 °C and 1.5 bar and may either be (i) vented from the refinery,
(ii) compressed to 31 bar for recycle to refinery units, or (iii)
compressed to 150 bar for sequestration. Multistage units with
intercooling will be used to control the temperature rise during
compression and ensure that no single compressor outlet is
above 200 °C. All wastewater generated in the cleaning section is
sent to a biological digestor for treatment of the organic
contaminants, and the clean syngas is sent to the hydrocarbon
production section.
2.3. Fischer−Tropsch Hydrocarbon Production. The

clean syngas may be directed to the FT synthesis section shown
in Figure 2. The FT units operate at 20 bar and utilize either an
iron-based or cobalt-based catalyst.24,25,27 The iron-based units
will operate using either low or high temperature and facilitate
equilibrium via the water-gas-shift reaction. Thus, the iron-based
FT units have the potential to consume CO2 within the reactor
using H2 and produce CO for the FT reaction. The value of the
equilibrium constant within the FT temperature range requires
that the ratio of CO2/(CO +CO2) is above a critical threshold of
about 0.75 which is possible through recycle of process CO2 to

the inlet of the FT units. If the CO2/(CO + CO2) ratio is below
the critical threshold, then CO will likely be converted to CO2
within the units. The amount of inlet hydrogen with respect to
both CO and CO2 will dictate where the critical threshold will lie
and therefore plays an important role in FT synthesis. Low-
temperature iron-based units have been successfully operated
with inlet H2/CO ratios between 0.5−150−52 and take advantage
of in situ forward water-gas-shift to increase the H2/CO ratio to
near 1.7−2.0. These units require substantially less hydrogen
than processes that have an input H2/CO closer to 2, but
approximately 50% of the input CO is converted to CO2.
To prevent such a large increase in the outlet CO2

concentration, the inlet ratio of H2/(CO + CO2) can be set to
ensure that CO2 can be used as a carbon source via the reverse
water-gas-shift reaction. The Ribblett ratio52,53 is defined such
that H2/(2CO + 3CO2) is approximately equal to 1, and is useful
because the effluent composition of unreacted syngas from an FT
unit will maintain roughly the same value as the inlet. Therefore,
the internal or external gas loop designs for FT synthesis can be
theoretically designed such that very high conversion rates of CO
and CO2 are achieved in the duckweed BTL refinery. To examine
the effects of the H2/(CO + CO2) ratio, the synthesis gas
entering the iron-based FT units will be handled in one of two
ways. One low-temperature (240 °C) and one high-temperature
(320 °C) unit will require an inlet Ribblett ratio that is equal to 1
and will facilitate the reverse water-gas-shift reaction as the CO2
inlet concentration increases. The other two units will operate at
267 °C and have an effluent composition that is based two
previous DOE reports.27,50,51 These two units will have an H2/
CO inlet ratio between 0.5 and 0.7 and will ensure that the H2/
CO ratio in the effluent is equal to 1.7 from forward water-gas-
shift conversion. Hydrogen may be recycled to any of the FT
units to either shift the H2/CO ratio or the H2/CO2 ratio to the
appropriate level. Steam may alternatively be used as a feed for
the two iron-based fWGS FT units to shift the H2/CO ratio in
situ.

Figure 2. Fischer−Tropsch (FT) synthesis flowsheet. Clean syngas is converted to hydrocarbons via cobalt or iron-based catalysts operating at either
low or high temperature. The residue/wax produced from FT synthesis is directed to a hydrocracker, and the vapor phase C3−C22 hydrocarbons are sent
for further upgrading.
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The cobalt-based FT units will be ideal for achieving high per-
pass conversion of the CO to FT liquids because the catalysts will
not facilitate the water-gas-shift reaction. The extent of catalyst
oxidative degradation due to high water partial pressure is a
contentious topic, and current data imply the effect of catalyst
stability based on the presense of water is not clear.52 Though
cobalt oxidation is reversible, increased catalyst time usage will
result in higher levels of methane formation and lower levels of
C5+ liquids from the FT unit.52 For this study, the CO per-pass
conversion was set to 60% to avoid catalyst oxidation, though
conversion levels may approach 80% if catalyst stability can be
achieved.52 Note that both high and low temperature cobalt-
based FT systems are considered in this analysis. To date, only
the low-temperature FT unit has been commercially available,
but this study investigates the possibility of a high-temperature
system using an alpha value that is consistent with high-
temperature FT operation (e.g., alpha = 0.72). The two streams
exiting the iron or cobalt FT units will be a waxy liquid phase and
a vapor phase containing a range of hydrocarbons. The wax will
be directed to a hydrocracker (WHC), while the vapor phase is
split for further processing.
2.4. Fischer−Tropsch Hydrocarbon Upgrading. The

vapor phase effluent from FT synthesis will contain a mixture of
C1−C30+ hydrocarbons, water, and some oxygenated species.
This stream may pass through a series of treatment units
designed to cool the stream and knock out the water and
oxygenates for treatment (Supplementary Figure S4). The
oxygenates and water removed from the stream are mixed and
sent to a biological digestor for wastewater treatment. The water
lean FT hydrocarbons are sent to a hydrocarbon recovery
colurmn where they are split into C3−C5 gases, naphtha,
kerosene, distillate, wax, offgas, and wastewater.38,54 The
upgrading of each stream will follow a detailed Bechtel
design54,55 which includes a wax hydrocracker, a distillate
hydrotreater, a kerosene hydrotreater, a naphtha hydrotreater,
a naphtha reformer, a C4 isomerizer, a C5/C6 isomerizer, a C3/
C4/C5 alkylation unit, and a saturated gas plant (Supplementary
Figure S5).

The FT hydrocarbons may also be passed over a ZSM-5
catalytic reactor operating at 408 °C and 16 bar50 to be converted
into mostly gasoline range hydrocarbons and some distillate50,51

(Supplementary Figure S4). The ZSM-5 unit will be able to
convert the oxygenates to additional hydrocarbons, so no
separate processing of the oxygenates will be required for the
aqueous effluent. The raw product from FT-ZSM5 is
fractionated to separate the water and distillate from the gasoline
product. The water is mixed with other wastewater knockout,
and the distillate is hydrotreated to form a diesel product. The
raw ZSM-5 HC product is sent to the LPG-gasoline separation
section for further processing (Supplementary Figure S7).

2.5. Methanol Synthesis. The clean syngas may be
converted via methanol synthesis, as shown in Figure 3. The
reactor will operate at 300 °C and 50 bar, so the syngas leaving
the Rectisol unit will be compressed to 51 bar prior to entering
the synthesis reactor. Equilibrium conditions are assumed to exist
within the reactor between H2, CO, CO2, H2O, and CH3OH for
the water-gas-shift reaction (eq 14) and the methanol synthesis
reaction (eq 13).47

+ · ↔CO 2 H CH OH2 3 (13)

+ ↔ +CO H CO H O2 2 2 (14)

The ZSM-5 based reactors for methanol conversion are
assumed to tolerate crude methanol containing up to 50 wt %
water, so no additional purification of methanol is necessary. The
downstream methanol conversion units will produce approx-
imately 50 wt % water for each unit mass of methanol reacted, so
high levels of water in the crude methanol input are not
anticipated to be a concern.56

The methanol synthesis effluent is cooled to 35 °C to flash out
most of the entrained vapor at 48 bar. 95 vol% of the methanol
input to the flash unit is assumed to be recovered in the liquid
phase along with water and some CO2. The crude methanol
exiting the flash unit is heated to 300 °C to form a gas which is
then passed over a turbine to recover some of the electricity
needed to recycle syngas. The turbine effluent at 5 bar is cooled

Figure 3. Methanol synthesis and upgrading flowsheet.
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to 60 °C and then directed to a degasser distillation column to

remove 100% of the CO2 and other entrained gases while

recovering 99.9 wt % of themethanol. The entrained gases will be

recycled to the process as fuel gas. The vapor exiting the flash unit

will be split such that 95% of the stream is compressed to 51 bar

and recycled to the methanol synthesis unit. The balance of the
stream is purged as fuel gas to limit the build-up of inert species.

2.6. Methanol Conversion. The methanol produced in the
synthesis reactor may be split to either the methanol-to-gasoline
(MTG) or the methanol-to-olefins (MTO) processes (Figure 3).
The methanol will be catalytically converted to gasoline-range

Table 3. Duckweed BTL Refinery Upgrading Unit Reference Capacities, Costs (20011 $), and Scaling Factors

description Co (MM$) So SMax units scale basis sf ref

Duckweed Biomass Conversion
duckweed biomass handling $4.65 17.9 30.6 kg/s as received duckweed 0.77 g

duckweed gasification, tar cracking, and gas cooling $55.22 17.9 33.3 kg/s dry duckweed 0.67e h

Synthesis Gas Handling/Cleanup
water-gas-shift unit $3.75 150 250 kg/s feed 0.67 e

Rectisol unit $58.30 54.9 192.0 kg/s feed gas 0.63 g

Claus Plant $27.60 1.59 10.0 kg/s recovered sulfur 0.67e i

Hydrocarbon Production
FT unit $12.26 23.79 60.0 kg/s feed 0.72 b,c

hydrocarbon recovery column $0.65 1.82 25.20 kg/s feed 0.70 d

methanol synthesis $8.22 35.647 - kg/s feed 0.65 e

methanol degasser $3.82 11.169 - kg/s feed 0.70 e

methanol-to-gasoline unit $5.80 10.60 - kg/s feed 0.65 a,e

methanol-to-olefins unit $3.48 10.60 - kg/s feed 0.65 a

Hydrocarbon Upgrading
distillate hydrotreater $2.25 0.36 81.90 kg/s feed 0.60 d

kerosene hydrotreater $2.25 0.36 81.90 kg/s feed 0.60 d

naphtha hydrotreater $0.68 0.26 81.90 kg/s feed 0.65 d

wax hydrocracker $8.42 1.13 72.45 kg/s feed 0.55 d

naphtha reformer $63.53 27.27 94.50 kg/s feed 0.60 l

C5−C6 isomerizer $0.86 0.15 31.50 kg/s feed 0.62 d

C4 isomerizer $9.50 6.21 - kg/s feed 0.60 d

C3−C5 alkylation unit $52.29 12.64 - kg/s feed 0.60 d

Cyclar process $115.16 16.42 - kg/s feed 0.67 k

SPA alkylation oligomerization $8.99 0.61 - kg/s feed 0.65 a,e

saturated gas plant $7.83 4.23 - kg/s feed 0.60 d

FT ZSM-5 reactor $4.93 10.60 - kg/s feed 0.65 b,c

olefins-to-gasoline/diesel unit $3.48 10.60 - kg/s feed 0.65 a

CO2 separation unit $5.39 8.54 - kg/s feed 0.62 a

de-ethanizer $0.58 5.13 - kg/s feed 0.68 a,e

absorber column $0.91 0.96 - kg/s feed 0.68 a,e

stabilizer column $1.03 4.57 - kg/s feed 0.68 a,e

splitter column $1.01 3.96 - kg/s feed 0.68 a,e

HF alkylation unit $8.99 0.61 - kg/s feed 0.65 a,e

LPG/alkylate splitter $1.06 0.61 - kg/s feed 0.68 a,e

autothermal reformer 10.26 12.2 35.0 kg/s natural gas feed 0.67 d

Hydrogen/Oxygen Production
pressure-swing adsorption $7.96 0.29 - kmol/s purge gas 0.65 h

air separation unit $27.6 21.3 41.7 kg/s O2 0.5 h

air compressor $6.03 10 30 MW electricity 0.67 h

oxygen compressor $8.07 10 20 MW electricity 0.67 h

electrolyzer $500 1 - kW electricity 0.9 h

Heat and Power Integration
gas turbine $81.59 266 334 MW electricity 0.75 h

steam turbine $66.29 136 500 MW electricity 0.67 h

Wastewater Treatment
sour stripper $3.992 11.52 - kg/s feed 0.53 i

biological digestor $4.752 115.74 - kg/s feed 0.71 j

reverse osmosis $0.317 4.63 - kg/s feed 0.85 j

cooling tower $4.055 4530.30 - kg/s feed 0.78 i

aMobil Research and Development, 1978. bMobil Research and Development, 1983. cMobil Research and Development, 1985. dBechtel
Corporation, 1998. eNational Renewable Energy Laboratory, 2011. gKreutz et al., 2008. hLarson et al., 2009. iNational Energy Technology
Laboratory, 2010. jBalmer, 1994. kGregor et al., 1989. lMeyers, 2003.
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hydrocarbons in the MTG process using a fluidized bed reactor
and a ZSM-5 catalyst.47,57 The MTG unit operates adiabatically
at a temperature of 400 °C and 12.8 bar, and the methanol feed
will be pumped to 14.5 bar and heated to 330 °C for input to the
reactor. The input methanol is completely converted to 44 wt %
water and 56 wt % crude hydrocarbons, of which 2 wt % will be
light gas, 19 wt % will be C3−C4 gases, and 19 wt % will be C5+
gasoline.47 The crude hydrocarbons will ultimately be separated
into finished fuel products, of which 82 wt % will be gasoline, 10
wt % will be LPG, and the balance will be recycle gases.47,57

The methanol entering the MTO process is heated to 400 °C
and then enters the MTO fluidized bed reactor operating at 482
°C and a pressure of 1 bar. Themethanol is completely converted
to a hydrocarbon product containing 1.4 wt%CH4, 6.5 wt %C2−
C4 paraffins, 56.4 wt % C2−C4 olefins, and 35.7 wt % C5−C11
gasoline.56 The MTO product is fractionated (MTO-F) to
separate the light gases, olefins, and gasoline fractions. The
MTO-F unit is assumed to operate as a separator unit where
100% of the C1−C3 paraffins are recycled back to the refinery,
100% of the C4 paraffins and 100% of the olefins are directed to
the MOGD unit, 100% of the gasoline is combined with the
remainder of the gasoline generated in the process, and 100% of
the water generated in the MTO unit is sent for wastewater
treatment.
TheMOGD process will take in the olefins generated from the

MTOunit. Using a fixed bed reactor, the olefins will be converted
into gasoline and distillate over a ZSM-5 catalyst in a product
ratio ranging from 0.12 to >100. In this study, the ratio was
selected to be 0.12 to maximize the production of diesel. The
MOGD unit operates at 400 °C and 1 bar and will utilize low
pressure steam generation to remove the exothermic heat of
reaction within the unit. The MOGD effluent will contain 82%
distillate, 15% gasoline, and 3% light gases56 and will be
fractionated (MTODF) to remove diesel and kerosene cuts from
the gasoline and light gases. The MTODF unit is modeled as a
separator unit where 100% of the C11−C13 species are directed to
the kerosene cut and 100% of the C14+ species are directed to the
diesel cut.
2.7. LPG/Gasoline Separation. The C3−C10 hydrocarbons

produced by ZSM-5 upgrading of the FT hydrocarbons, the
MTG unit, or the MOGD process must be sent to the LPG-
gasoline separation flowsheet (Supplementary Figure S7). Light
gases are initially knocked out of the inlet streams, and the flashed
liquid is sent to a de-ethanizer to remove any residual C1−C2
hydrocarbons. The light gases exiting this column are sent to an
absorber where a lean oil recycle is used to strip the C3+ species.
The liquid bottoms from the absorber are then refluxed back to
the de-ethanizer, while the lights from the absorber are recycled
as fuel gas. The bottoms from the de-ethanizer is sent to a
stabilizer column to remove the C3−C4 hydrocarbons for
alkylation to produce iso-octane and an LPG byproduct. The
stabilizer bottoms is sent to a splitter column to recover the lean
oil for recycle in the absorber column. Light and heave gasoline
fractions are recovered from the splitter. The distillation units are
modeled within the process synthesis model as splitter units with
a split fraction determined by Process Flow Diagrams P850-
A1501 and P850-A1502 from a National Renewable Energy
Laboratory study.47 Low pressure steam and cooling water
necessary for all units is also derived from this study.47 The
alkylate was modeled as iso-butane,47 and the alkylation unit was
modeled using a species balance where the key species, butene,
was completely converted to iso-butane. Butene is used as the

limiting species in this reaction because it is generally present in a
far smaller concentration than iso-butane.

2.8. Light Gas Handling. Light gases within the refinery
consist primarily of C1−C2 hydrocarbons, unreacted syngas (i.e.,
CO, CO2, and H2), and inert species (e.g., N2, Ar). Any light
gases that are not directly recycled to the FT reactors (internal
gas loop) may be directed to one of three processing options
(Supplementary Figure S8). The autothermal reactor will reform
the C1−C2 hydrocarbons into a hydrogen-rich syngas that can be
recycled to the synthesis units. Alternatively, the syngas may be
directed to a fuel combustor to provide high-temperature heat for
the process units or to a gas turbine to provide process electricity.
The effluent from the latter two units is cooled to 35 °C, passed
through a water knockout unit, and may be directed to a low-
pressure amine absorption CO2 recovery unit

58 or simply vented
to the atmosphere. The light gases exiting from the saturated gas
plant can also be directed to one of the three major processing
units.

2.9. Hydrogen/Oxygen Production. The hydrogen
requirement for the refinery will be met through pressure-
swing adsorption or electrolysis of water. If electrolysis is used,
then the generated oxygen will be used to satisfy the purified
oxygen requirement. If not, then cryogenic air separation will be
utilized. These three technologies are outlined in Supplementary
Figure S9.

2.10. Wastewater Treatment. Supplementary Figures S10
and S11 detail the complete wastewater treatment network that is
incorporated into the duckweed BTL refinery. The wastewater
from multiple process units including acid-gas wastewater
knockout, hydrocarbon production, hydrocarbon upgrading,
and postcombustion knockout will be directed to either a sour
stripper or a biological digestor to remove the H2, NH3, or
oxygenates that will be in the waste streams. The sulfur-rich
effluent from the biological digestor and sour stripper are
directed to the Claus combustor to recover and remove the sulfur
while simultaneously providing additional heat for steam
production. The blowdown from the cooling tower and the
boilers is processed in a reverse osmosis unit to remove
suspended and dissolved solids prior to wastewater discharge.
The output water from the network includes any process water to
the electrolyzers, refinery steam, or discharged wastewater. The
discharge must meet all appropriate standards for contaminant
species.25

2.11. Unit Costs. The total direct costs, TDC, for the
duckweed BTL refinery units are calculated using estimates from
several literature sources45−47,49−51,54,57,59−61 using the cost
parameters in Table 3 and eq 15

= + · ·TDC BOP C
S
S

(1 ) o
o

sf

(15)

where Co is the installed unit cost, So is the base capacity, S is the
actual capacity, sf is the cost scaling factor, and BOP is the balance
of plant (BOP) percentage (site preparation, utility plants, etc.).
The BOP is estimated to be 20% of the total installed unit cost.
All capital cost numbers are converted to 2011 dollars using the
Chemical Engineering Plant Cost Index.62

The total plant cost, TPC, for each unit is calculated as the sum
of the total direct capital, TDC, plus the indirect costs, IC. The IC
include engineering, startup, spares, royalties, and contingencies
and is estimated to 32% of the TDC. The TPC for each unit must
be converted to a levelized cost to compare with the variable
feedstock and operational costs for the process. Using an EPRI-
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TAG methodology,46 the capital charges (CC) for the refinery
are calculated by multiplying the levelized capital charge rate
(LCCR) and the interest during construction factor (IDCF) by
the total overnight capital (eq 16).

= · ·CC LCCR IDCF TPC (16)

Kreutz et al.46 calculates an LCCR value of 14.38%/yr and
IDCF of 7.6%. Thus, a multiplier of 15.41%/yr is used to convert
the TPC into a capital charge rate. Assuming an operating
capacity (CAP) of 330 days/yr and operation/maintenance
(OM) costs equal to 5% of the TPC, the total levelized cost
(CostU) associated with a unit is given by eq 17.

= · + ·⎜ ⎟⎜ ⎟⎛
⎝

⎞
⎠

⎛
⎝

⎞
⎠Cost

LCCR IDCF
CAP

OM TPC
Prod365u

U u

(17)

2.12. Objective Function. The objective function for the
model is given by eq 18. The summation represents the total cost
of liquid fuels production and includes contributions from the
feedstocks cost (CostF), the electricity cost (CostEl), the CO2
sequestration cost (CostSeq), and the levelized unit investment
cost (CostU). Each of the terms in eq 18 is normalized to the total
volume of products produced (Prod). Note that other normal-
ization factors (e.g., total volume of gasoline equivalent, total
energy of products) and other objective functions (e.g.,
maximizing the net present value) can be easily incorporated
into the model framework.

∑+ + + +
∈
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(18)

The process synthesis model with simultaneous heat, power,
and water integration represents a large-scale nonconvex mixed-
integer nonlinear optimization (MINLP) model that was solved
to global optimality using a branch-and-bound global optimiza-
tion framework.26 The large-scale model has 21 binary variables,
14,128 continuous variables, 14,012 constraints, and 321
nonconvex terms. At each node in the branch-and-bound tree,
a mixed-integer linear (MILP) relaxation of the mathematical
model is solved using CPLEX63 and then the node is branched to
create two children nodes. The solution pool feature of CPLEX is
utilized during the solution of the relaxed model to generate a set
of distinct points (150 for the root node and 10 for all other
nodes), each of which is used as a candidate starting point to
solve the original model. For each starting point, the current
binary variable values are fixed and the resulting NLP is
minimized using CONOPT.64 If the solution to the NLP is less
than the current upper bound, then the upper bound is replaced
with the NLP solution value. At each step, all nodes that have a
lower bound that is within an ε tolerance of the current upper
bound ((LBnode)/(UB) ≥ 1 − ε) are eliminated from the tree.
For a more complete coverage of branch-and-bound algorithms,
the reader is directed to the textbooks of Floudas30,65 and reviews
of global optimization methods.66−68

3. COMPUTATIONAL STUDIES
Four case studies were performed to demonstrate the capability
of the proposed process synthesis model using an average
representation of duckweed (Table 1). The global optimization
framework was terminated if all nodes in the branch-and-bound
tree were processed or if 100 CPU hours had passed.26 The effect
of scale on the duckweed BTL refinery was examined through
two representative capacities of 1 kBD (thousand barrels per
day) and 5 kBD. The gasoline, diesel, and kerosene compositions

output from the refinery were selected to either (a) an
unrestricted composition or (b) represent the 2010 United
States demand (i.e., 67 vol% gasoline, 22 vol% diesel, 11 vol%
kerosene).69 The case studies are labeled as N − C, where N
represents the type of product composition (i.e., R: 2010 U.S.
ratios, U: unrestricted) andC represents the capacity in kBD. For
example, the U-1 label represents the 1 kBD capacity refinery
with no restrictions placed on the composition of gasoline, diesel,
and kerosene that are derived from the total amount of C5+
hydrocarbon products. The life-cycle GHG emissions from the
refinery will be measured for each case study and then compared
to the emissions of current fossil-fuel based processes. The GHG
emissions avoided from petrolum-based liquid fuels (91.6 kg
CO2eq/GJLHV)

46 and natural gas combined cycle plant electricity
(101.3 kg CO2eq/GJ)

49 will also be determined. If electricity is
input to the refinery, then the associated GHG emissions with
electricity production is added to the lifecycle GHG emissions
for the refinery. If electricity is output from the refinery, the
avoided GHG emissions is subtracted from the total lifecycle
GHG emissions.
The cost parameters used for the refinery are listed in Table 4.

The costs for feedstocks (i.e., duckweed, freshwater, and

butanes) include all costs associated with delivery to the plant
gate. The products (i.e., electricity and propane) are assumed to
be sold from the plant gate and do not include the costs expected
for transport to the end consumer. CO2 sequestration was not
considered in the four case studies.
Once the global optimization algorithm has completed, the

resulting process topology provides (i) the operating conditions
and working fluid flow rates of the heat engines, (ii) the amount
of electricity produced by the engines, (iii) the amount of cooling
water needed for the engines, and (v) the location of the pinch
points denoting the distinct subnetworks. Given this informa-
tion, the minimum number of heat exchanger matches necessary
to meet specifications (i), (ii), (iii), and (iv) are calculated as
previously described.24,25,65,70 Upon solution of the minimum
matches model, the heat exchanger topology with the minimum
annualized cost can be found using the superstructure method-
ology.39,65,70 The investment cost of the heat exchangers is added
to the investment cost calculated within the process synthesis
model to obtain the final investment cost for the superstructure.

3.1. Optimal Process Topologies.Table 5 shows the major
topological decisions that are selected by the process synthesis
framework for each of the four case studies. Key decisions feature
(i) the type of duckweed gasifier, (ii) the operating temperature
of the duckweed gasifier, (iii) the selection of a water-gas-shift
unit, (iv) the operating temperature of the water-gas-shift unit,
(v) the selection of synthesis gas conversion technologies, (vi)
the type of upgrading for FT synthesis, (viii) the selection of an
autothermal reformer for synthesis gas production, (ix) the
operating temperature of the ATR, and (x) the split of the clean
synthesis gas to the various process operations. Table 5
demonstrates that these topological decisions are strongly

Table 4. Cost Parameters (2011 $) for the Duckweed BTL
Refinery

item cost item cost

duckweed $50/dry metric ton freshwater $0.50/metric ton
butanes $1.84/gallon propanes $1.78/gallon
electricity $0.07/kWh
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dependent on both the operating capacity of the refinery and the
choice of liquid fuel composition output from the refinery.
For all case studies, a raw synthesis gas will be produced from

the duckweed via gasification. The gasifier may input only
duckweed as a feedstock or a combination of duckweed and
recycle gases. The benefit of feeding recycle gases to the gasifier is
based on the ability to consume CO2 via the reverse water-gas-
shift reaction in the high-temperature gasifier. Each of the four
case studies do not utilize a recycle gas feed and only input solid
duckweed to the gasifier. The H2/CO ratio exiting the gasifier
will be less than that required for FT or methanol synthesis. A
forward water-gas-shift reaction downstream of the gasifier will
be required to bring the ratio to approximately 2/1. This reaction
will generate additional process CO2 that must be vented since it
cannot be economically recycled back to the duckweed BTL
refinery for consumption via the reverse water-gas-shift reaction
since this would effectively decrease the H2/CO ratio in the
gasifier effluent. A noncarbon based source of H2 could be used as
an input to the refinery to both increase the H2/CO ratio and
decrease the refinery CO2 via the reverse water-gas-shift reaction.
However, typical processes including electrolysis of water have
high capital and operating costs that prevent this option from
being viable in the refinery at present.
The hydrocarbon generation and hydrocarbon upgrading

units that are used in the refinery are strongly dependent on the
composition of the liquid fuels. For the case studies that do not
restrict the product composition, the BTL refinery will utilize the
methanol-to-gasoline (MTG) system to produce 100% gasoline
from the refinery. Alternatively, when the case studies require the
production of gasoline, diesel, and kerosene in ratios
commensurate with the United States demand, then a
combination of the MTG and the methanol-to-olefins (MTO)
process is introduced. The olefins that are generated from the
MTO process are subsequently upgraded to mostly distillate
range hydrocarbons via the Mobil olefins-to-gasoline/distillate
(MOGD) process. In each of the four case studies, liquefied
petroleum gas (LPG) is output from the system and sold as a
byproduct. The volumetric percentage of LPG from the total C3+

hydrocarbons is approximately 9 vol% for the unrestricted cases
and 2 vol % for the US ratios cases.
The methane and ethane-rich gases generated from the

process upgrading units are mostly recycled to the autothermal
reformer (ATR) to convert the gases to CO and H2 for use in the
methanol synthesis reactor. The high concentration of H2 in the
ATR effluent helps to increase the H2/CO ratio that is input to
the methanol synthesis unit, though the use of an additional
dedicated forward water-gas-shift unit is required to produce a 2/
1 H2/CO ratio necessary in the methanol reactor. A portion of
the light gases is directed to the fuel combustor to provide the
necessary heating requirement for the BTL refinery. A gas
turbine is not utilized within the process to generate electricity.
The material and energy balances for all case studies are

displayed in Table 6. The units for the material balances are dry
metric tons per hour (dt/h) for the duckweed and thousand
barrels per day (kBD) for the liquid feedstocks and products (i.e.,
butanes, LPG, water, gasoline, diesel, and jet fuel). All
components for the energy balances are expressed in MW and
are based on the lower heating value (LHV) for all feedstocks and
products associated with the duckweed BTL refinery. The
efficiencies of the processes are based on the sum of the lower
heating values of the products divided by the lower heating values
of the feedstocks. Note that electricity is input for all case studies,
so this energy is added to the denominator of the efficiency
fraction. The carbon accounting and lifecycle greenhouse gas
emissions for the case studies is also included in Table 6. The
total input carbon from duckweed is listed along with the
quantity of carbon that ends up as liquid product (i.e., gasoline,
diesel, jet fuel, and LPG) or is vented. The total greenhouse gas
emissions (in kg CO2eq/s) are listed for each major input and
output of the refinery. Purchased butanes were not utilized in any
of the case studies, so this feedstock was not included in Table 6.
As an illustrative example, the process flow diagram for the U-1

case study is shown in Figure 4. This diagram shows the key
points for biomass conversion, syngas handling, syngas
conversion, liquid fuel production, and light gas handling.
Several process units including compressors, turbines, heat
exchangers, and separation units are not shown in the figure
though they are included in the BTL refinery. Duckweed is input
to the gasifier with oxygen and steam to generate a raw syngas
which is partially passed over a water-gas-shift unit to produce a
H2/CO ratio of 2/1. The syngas is then passed over a dual-
capture physical absorption acid gas unit to remove both the CO2
and H2S from the gas. The CO2 is mostly vented from the
refinery, while the sulfur is recovered using a Claus plant. The
clean syngas is sent to a methanol synthesis unit where a high
level of internal recycle is utilized to increase the overall
conversion of CO. The crude methanol exiting the methanol
synthesis unit is directed to a methanol-to-gasoline (MTG) unit
to produce gasoline and LPG. Light gases from theMTG unit are
partially split to an autothermal reactor to recover additional
syngas. The balance of the light gases from theMTG unit and the
purge gas from the methanol synthesis unit are sent to the fuel
combustor to provide high-temperature heating for the BTL
refinery.

3.2. Overall Costs of Liquid Fuels. The overall cost of
liquid fuel production is based on the sum of the individual cost
components for the duckweed BTL refinery. These components
include purchase of the duckweed and freshwater feedstocks, the
capital charges associated with investment cost, the operation
and maintenance (O&M) costs, and the cost of electricity. The
sum of these costs indicates the total cost of the refinery and can

Table 5. Topological Information for the Optimal Solutions
for the Four Case Studiesa

topological design U-1 U-5 D-1 D-5

gasifier type S S S S
gasifier temp 1100 1100 1100 1100
WGS/RGS temp − − − −
min wax FT − − − −
nom. wax FT − − − −
FT upgrading − − − −
MTG usage Y Y Y Y
MTOD usage − − Y Y
CO2SEQ usage − − − −
GT usage − − − −

aDuckweed conversion (duckweed conv) is gasification with a solid
(S) or solid/vapor (S/V) fueled system. The temperature (temp; °C)
of the duckweed gasification is selected along with the operating
temperature of the water-gas-shift unit (WGS), if utilized. The
presence of a gas turbine (GT) is noted using yes (Y) or no (−). The
FT units will operate at low-temperature (LT) or high-temperature
(HT) with a cobalt (Co) or iron (Ir) catalyst. The FT vapor effluent
will be upgraded using fractionation into distillate and naphtha (fract)
or ZSM-5 catalytic conversion. The use of methanol-to-gasoline
(MTG) and methanol-to-olefins/olefins-to-gasoline-and-diesel
(MTO/MOGD) is noted using yes (Y) or no (−).
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be partially offset by the sale of byproduct LPG. Table 7 shows
each of these contributions to the total cost and expresses all
results in $/GJ of liquid product lower-heating value. Using the
refiner’s margin for gasoline, diesel, and jet fuel,24,46 the total cost
in $/GJ may be converted into a price of crude oil at which value
the refineries would be economically competitive with
petroleum-based processes. This break-even oil price (BEOP)
is expressed in $/barrel (bbl) of oil and is also listed in Table 7.

The final lower bound on the total cost (in $/GJ) that was
calculated by the global optimization framework is listed in the
table along with the corresponding optimality gap that is
calculated by dividing the lower bound by the total cost and
subtracting from unity. The global optimization framework was
able to close the optimality gap to between 5−7% for all case
studies.
The BEOP is equal to $100/bbl for the 1 kBD unrestricted

study, $105/bbl for the 1 kBD US ratios study, $69/bbl for the 5
kBD unrestricted study, and $72 for the 5 kBD US ratios study.
The costs associated with the refinery capital investment (i.e.,
capital charges, operation, and maintenance) contribute the
largest fraction to the overall cost for each capacity level. At a
refinery capacity of 1 kBD, the investment and O&M charges
represent 73% of the total cost of the system (before byproduct
sales). At the capacity of 5 kBD, this percentage drops to about
62% of the total cost. This result is due to a decrease in the
absolute cost associated with investment or O&M at increased
capacity and is explicitly a function of the expected economy of
scale achieved from 1 kBD to 5 kBD for each component of the
BTL refinery. The other major cost component, the duckweed
purchase price, maintains a roughly constant absolute cost value
between $5.21/GJ−$5.57/GJ across all four case studies.
Therefore, the relative contribution of the duckweed will begin
to increase as the refinery capacity increases. Moreover, because
the absolute cost values of duckweed, electricity, water, or LPG
(if output) are not effected by capacity, then the benefit of
economy of scale is a strong motivating factor for the cost
decrease from 1 kBD to 5 kBD. The decrease in the investment
andO&M charges is very pronounced at these low capacity levels
since the major sections within the refinery will required only one
or two units to operate. Thus, there is a large benefit for
increasing the size of these units to their maximum operational
capacity to secure the cost benefit. However, as the refinery
capacity begins to grow beyond 5−10 kBD, most of the units
within the refinery will not be able to handle the working capacity
using only one processing unit. The introduction of two or more
units (e.g., two or more gasifiers) begins to erode the benefits of
economy of scale. Though multiple processing units can share
some auxiliary equipment, the scaling factor for such units will
begin to approach 0.946 as opposed to the lower values of 0.5−
0.75 estimated in Table 3.
The contribution of the duckweed purchase price to the BEOP

for a particular refinery will be approximately 24% for the 1 kBD
studies and 34% for the 5 kBD studies. A nominal cost of $50/dry
metric ton was assumed for duckweed, though local fluctuations
in total supply, ease of production, and available transportation
infrastructure can have an effect on the delivered cost of this
feedstock. Note that other parameters such as the biomass
composition and the capital cost of process units also introduce
uncertainties in the break even oil price. In this paper, it is
assumed that the degree of uncertainty associated with the capital
cost estimations is similar to standard cost estimation for power
plants and energy systems.49 A parametric analysis on the
duckweed purchase price was performed using values of $30/dry
metric ton, $50/dry metric ton, and $70/dry metric ton. The
change in biomass price can be attributed to the location of the
biorefinery or to the multiple sources of duckweed biomass. The
resulting values of the BEOP for these three purchase prices is
plotted in Figure 5 for all four case studies. The BEOP ranges
from $56−$93/bbl for a $30/dry metric ton duckweed price,
between $69−$105/bbl for $50/dry metric ton duckweed, and
between $82−$117/bbl for $70/dry metric ton duckweed.

Table 6. Overall Input/Output Balances for the Four Case
Studiesa

U-1 U-5 D-1 D-5

Material Balances
biomass (dt/h) 27.78 145.46 27.22 140.21
butane (kBD) 0.05 0.23 0.03 0.15
water (kBD) 0.70 4.04 0.70 4.63
gasoline (kBD) 1.00 5.00 0.67 3.36
diesel (kBD) 0.00 0.00 0.22 1.08
kerosene (kBD) 0.00 0.00 0.11 0.56
LPG (kBD) 0.10 0.49 0.01 0.07
vented CO2 (tonne/h) 22.08 119.57 21.71 114.30
Energy Balances (MW)
biomass 122 636 119 613
butane 3 14 2 9
gasoline 64 319 43 214
diesel 0 0 15 77
kerosene 0 0 8 39
LPG 6 30 1 4
electricity −1 −6 −1 −5
efficiency (%) 56.57% 54.09% 55.65% 54.11%
Carbon Accounting (kg/s)
biomass 2.95 15.43 2.89 14.87
butane −0.04 −0.21 −0.03 −0.14
gasoline 1.16 5.79 0.78 3.89
diesel 0.00 0.00 0.28 1.42
kerosene 0.00 0.00 0.14 0.70
LPG 0.07 0.37 0.01 0.05
vented CO2 1.67 9.06 1.65 8.66
% conversion 41.80% 39.91% 42.04% 40.80%
Lifecycle Analysis (kg CO2eq/s)
biomass −9.11 −47.73 −8.93 −46.00
butane −0.15 −0.76 −0.10 −0.51
gasoline 4.24 21.22 2.85 14.26
diesel 0.00 0.00 1.04 5.22
kerosene 0.00 0.00 0.51 2.56
LPG 0.27 1.34 0.04 0.20
vented CO2 6.13 33.21 6.03 31.75
LGHG 1.38 7.29 1.44 7.47
GHGAF 6.39 31.93 6.12 30.61
GHGAE 0.10 0.57 0.09 0.51
GHGI 0.21 0.22 0.23 0.24

aThe inputs to the BTL refinery are duckweed biomass, electricity, and
water, while the outputs include gasoline, diesel, kerosene, LPG, and
vented CO2. Material balances are represented in the listed units,
energy balances are based on lower heating value and are shown in
MW, carbon accounting is shown in kg/s, and lifecycle greenhouse gas
(GHG) emissions are shown in kg CO2eq/s. Process efficiency is
calculated by dividing the energy sum of the outputs by the sum of the
inputs. Carbon conversion is calculated by dividing the sum of the
carbon leaving in liquid product by the sum input to the process. The
total GHG emissions (LGHG) is reported along with the emissions
avoided from liquids production (GHGAF), the emissions attributed
by electricity use (GHGAE), and the emissions index (GHGI).
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These values show how the proposed biorefinery topologies will
perform under the aforementioned biomass price range. A clear
trend from the analysis shows that an increase or decrease in
duckweed purchase price changes the BEOP for the three liquid
fuel compositions in a similar fashion. This is expected since the
absolute value of the duckweed price was similar for the different
liquid fuel compositions.
3.3. Investment Costs. The total plant cost (TPC) for a

duckweed BTL refinery included the installed cost of all major
pieces of equipment along with the balance of plant items and
indirect costs. The TPCmay be converted into a “total overnight
capital” by adding the inventory capital, financing costs,
preproduction costs, and other owner’s costs which typically
range from 10−15% of the TPC.46,49 The “total as-spent capital”
figure, which incorporates the interest on the debt/equity during
construction, can be calculated using the real discount rate and
the construction time. This information has been accounted for

when determing the levelized capital charge rate used in Table 7.
For the seven major sections of the refinery, the contribution to
the TPC (in MM 2011 $) is shown in Table 8. These sections
include syngas generation, syngas cleaning, hydrocarbon
generation, hydrocarbon upgrading, heat and power integration,
wastewater treatment, and hydrogen/oxygen production. Each
section includes the cost of several process units that are listed in
Table 3. For each case study, the cost to produce an acid-gas free
syngas from the duckweed constitutes 45−49% of the overall
cost of the refinery. This includes the costs associated with syngas
generation (e.g., duckweed gasification) along with the costs of
syngas cleaning (e.g., tar cracking, acid gas removal). The third
major cost component is the hydrocarbon production which
includes FT or methanol synthesis and the appropriate costs of
internal recycle of the synthesis gas. The heat and power
integration section involves all of the process heat exchangers

Figure 4. Process flow diagram for case study U-1.

Table 7. Overall Cost Results for the Four Case Studiesa

($/GJ of products) U-1 U-5 D-1 D-5

biomass 5.32 5.57 5.21 5.37
butane 0.61 0.61 0.41 0.41
water 0.01 0.01 0.01 0.01
investment 13.24 8.17 12.61 7.78
O&M 3.11 1.92 2.96 1.83
electricity −0.30 −0.33 −0.25 −0.30
LPG −2.25 −1.57 −0.34 −0.24
total ($/GJ) 19.74 14.38 20.62 14.87
BEOP ($/bbl) 99.73 69.14 104.76 71.96
lower bound ($/GJ) 18.64 13.45 19.41 13.84
gap 5.59% 6.42% 5.88% 6.93%

aThe contribution to the total costs (in $/GJ) come from duckweed
biomass, natural gas, butanes, water, investment, and operations/
maintenance (O&M). LPG and electricity are sold as byproducts
(negative value). The overall costs are reported in ($/GJ) and ($/bbl)
basis, along with the lower bound values in ($/GJ) and the optimality
gap between the reported solution and the lower bound.

Figure 5. Parametric analysis of duckweed biomass purchase price on
2.5 kBD case studies.
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and the steam turbines and contributes approximately 10% to the
overall cost. A similar percentage is attributed to the hydrogen
and oxygen production. The wastewater treatment is associated
with about 6% of the cost.
The value of TPC is $162 MM for the 1 kBD unrestricted case

study, $154 MM for the 1 kBD US ratios case study, $525 MM
for the 5 kBD unrestricted study, and $475MM for the 5 kBDUS
ratios study. The TPC is divided by the total plant capacity and
expressed as a value in $/barrel per day ($/bpd). This normalized
value helps to illustrate the economy of scale associated with the
refineries and is equal to $162k/bpd, $154k/bpd, $105k/bpd,
and $95k/bpd for the four case studies (i.e., U-1, D-1, U-5, D-5,
respectively). The clear economy of scale between 1 kBD and 5
kBD is emphasized with these normalized values since a 35%
decrease in the normalized capital cost is observed between the
two capacity levels. The benefit would continue beyond 5 kBD,
though it would not be as pronounced as it would be for these
low capacity levels.

4. CONCLUSIONS
A rigorous optimization-based framework for the process
synthesis and simultaneous heat, power, and water integration
of a duckweed to gasoline, diesel, and kerosene refinery is
proposed in this study. Multiple existing technologies including
biomass gasification, acid gas cleanup, FT synthesis, methanol
synthesis, methanol-to-gasoline, methanol-to-olefins, and hydro-
carbon upgrading units were combined into a superstructure of
possibilities. A large-scale nonlinear mixed-integer optimization
model was developed to model all of the units in the refinery and
was solved to a 5−7% optimality gap using a rigorous
deterministic global optimization branch-and-bound scheme.
Four case studies that focused on two target capacities (i.e., 1
kBD and 5 kBD) and two product compositions (i.e.,
unrestricted and US demand ratios) were used to demonstrate
the capability of the process synthesis framework and determine
the process design that has the lowest overall cost.
The price of crude oil for which the duckweed BTL refineries

will be competitive is $100/bbl for the 1 kBD unrestricted study,
$69/bbl for the 5 kBD unrestricted study, $105/bbl for the 1
kBD US ratio study, and $72/bbl for the 5 kBD US ratio study.
An important highlight for these four studies is the strong use of
methanol synthesis opposed to FT synthesis. The lack of inert
production during methanol synthesis allows for the use of a

large internal synthesis gas loop and less complex synthesis gas
conversion design within the refinery. The methanol can be
readiliy converted to gasoline, diesel, and kerosene using a ZSM-
5 catalyst. A parametric analysis on the duckweed purchase price
indicates that there exists a threshold price of duckweed above
which the refinery will no longer be economically competitive
with crude oil refining. This threshold level for duckweed
purchase depends on the desired refinery capacity and will
decrease as the capacity decreases. If crude oil was priced around
$105/bbl, then the 1 kBD refineries would be economically
competitive with a duckweed purchase price of $50/dry metric
ton. A reduction in the duckweed purchase price to $30/dry
metric ton will make the 1 kBD duckweed refineries competitive
at crude prices above $95/bbl. For the 5 kBD refineries, the
process synthesis framework demonstrates the economic
viability at a crude price above $72/bbl for duckweed purchase
prices at $50/dry metric ton. If this purchase price was raised to
$70/dry metric ton, the refineries would remain competitive at
crude priced above $82/bbl. The implementation of environ-
mental legislation that penalizes greenhouse gas emissions will
improve the economics of the refinery for all capacity levels.
However, this analysis has shown that 5 kBD duckweed refineries
can be economically competitive with petroleum based processes
without the need for such legislation.
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